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A B S T R A C T

This study investigates the design of a stirred batch reactor with scale-up for the degumming of crude palm oil
(CPO) using phosphoric acid (H3PO4). Laboratory-scale experiments were conducted in a triple-neck round
vessel, followed by a scale-up to a larger-scale flat-bottom stirred tank reactor. Traditional scale-up methods
using geometric similarity criteria are ineffective for reactors with different geometries; hence, this work in-
troduces an improved approach using degumming efficiency, measured by gum concentration, as the similarity
criterion to design the reactor. Computational Fluid Dynamics (CFD) was employed to model the velocity dis-
tribution and mass transfer processes, predicting gum concentration evolution through gum mass balances in the
oil and aqueous phases. The simulation results showed that maintaining a minimum impeller speed of 93 rpm in
the larger reactor effectively reproduced the best degumming efficiency observed in the laboratory reactor at
500 rpm and 60 ◦C. A strong correlation (R2 = 0.963) was found between the modeled and empirical Sherwood
numbers, indicating successful scale-up. This research demonstrates that degumming efficiency in a laboratory
triple-neck round vessel can be numerically reproduced in a larger flat-bottom stirred tank reactor, providing
valuable insights into the hydrodynamic characteristics unique to each geometry and marking a pivotal step in
reactor scale-up methodologies.

1. Introduction

A process analysis to obtain optimum operating parameters is usually
carried out in laboratory reactors. However, extrapolating the results to
larger reactors is risky because correlations based on laboratory scale
measurements lack local information and cannot be used to predict the
homogeneity degree at specific locations [1,2]. The mixing process must
be properly designed to avoid excessive energy input and undesirable
products, especially in complex mixing problems [3]. Therefore, a
scale-up method is necessary to adjust the operating conditions of a
larger reactor to overcome this issue.
Current scale-up practices, which maintain a constant factor of NDx

require geometric similarity as the reactor size increases [3]. In many
cases, this requirement cannot be applied due to specific technical
specifications. Scale-up followed by corrections for geometric

differences has been proposed to address this problem [4,5], but this
approach is difficult to implement when significant geometrical differ-
ences exist.
The design of a stirred batch reactor with scale-up, particularly for

liquid-liquid systems, relies on empirical correlations, best practices,
and rules of thumb. The local variations of the hydrodynamic parame-
ters obtained from such an approach do not align with real cases where
the values vary significantly. Imperfect mixing plays a significant role in
reactor performance, as demonstrated using the residence time distri-
bution concept [6]. This approach divides a reactor into zones based on
individual ‘well-mixed’ reactors [7,8]. However, residence time distri-
bution data are specific and scale-limited, requiring a large number of
experiments to acquire.
Computational fluid dynamics (CFD) has been widely used in the

modelling, design, and scale-up of various reactors and processes
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[9–12]. Starting with simple single-phase models [13] (or assumed
single-phase stirred tank reactors [14]), scale-ups using CFD have been
undertaken. More sophisticated models of multiphase flow with indi-
vidual momentum equation sets for each phase have been developed. In
gas-liquid systems, Eulerian-Eulerian models have been utilized to
analyze interphase mass transfer to supplement film theory-based cor-
relations inside various types of reactors [15–19]. These models have
also been incorporated into scale-up procedures [20–24]. For
liquid-liquid systems, CFD has been used to model mixing and mass
transfer in a reactor [25,26], all of which are still constrained by geo-

metric similarities.
Significant computational resources are required to use a set of

momentum equations for each phase (full multiphase models) [27];
therefore, a simpler multiphase model, i.e., mixture model, has been
used as a substitute for reactor modelling and design [28,29]. In mixture
models, continuity equations are solved for each phase, while mo-
mentum equations are solved for the mixture of continuous and
dispersed phases clustering and large slip velocities occur, the applica-
tion of this model becomes invalid [27]. These conditions usually arise
during mixing with a large volume fraction of the dispersed phase.
The stirred tank reactor design with the aforementioned CFD-based

scale-up still maintain geometric similarity. In most practical cases,
laboratory-scale experiments are carried out in triple-neck round vessels
where the fluids are stirred by a magnetic stirrer. Meanwhile, larger
scale reactors are cylindrical tanks with flat or dish bottoms. Geometric
similarities are no longer valid, rendering the design problem more
complicated. Dimensions such as reactor diameter, impeller diameter,
and fluid height are no longer linear and cannot be changed using the
same factor.
Scale-up studies that do not adhere to the geometric similarity cri-

terion are limited. An experimental analysis using a hot-wire velocity
meter probe was carried out on the non-geometric scale-up of a
fermenter [30]. It was still limited to following a certain ratio of the
impeller diameter and reactor diameter to achieve adequate mixing. A
study on the drop size distribution of a non-geometric liquid-liquid
scale-up was also performed [31]. The flow was modeled using a
one-dimensional plug-flow model, focusing on the breakup-coalescence
phenomenon. The turbulent dissipation rate and circulation time were
used as similarity criteria.
Hydrodynamic parameters (e.g., the Reynolds number, liquid mixing

and circulation time, and impeller tip velocity) can be used as the sim-
ilarity criterion in the scale-up of stirred tank reactors with different
geometries in homogeneous systems [32]. If the process in the reactor is
mass-transfer limited, the volumetric mass transfer coefficient is a
well-known similarity criterion in fluid-fluid systems. Most applications
of this criterion depend on the power per unit volume, discarding the
space-dependent nature of the mass transfer. In multiphase reactor
problems, mass transfer in the boundary layer sometimes is not the only
rate-limiting step. Degumming efficiency can be used as a similarity
criterion, such as the species concentration evolution for dynamic sys-
tems or reactant conversion profiles. CFD as a tool to characterize local
hydrodynamics, can be used to scale up using these similarity criteria.
Degumming is a process of removing impurities such as phospha-

tides, metals, proteins, carbohydrates, and resins from crude palm oil
(CPO). Iron, as one such content, was found to be responsible for

unwanted flavor [33]. It exists as metal-phosphatide complexes, which
require chemical treatment to be effectively removed from the oil.
Phosphoric acid, being a stronger acid than phosphatidic acid [34], is
utilized to decompose these complexes according to the reaction in
Equation 1 [33]. The presence of water causes the precipitation of
phosphatides, along with the acid, ions, and other sugar-like compounds
previously bonded to the oil, to be separated via mechanical means [35].
This method is known as acid degumming, one of several degumming
processes, which includes water degumming, dry degumming, enzy-
matic degumming, and membrane degumming [36,37].

The transport of impurities between the immiscible oil and water
(phosphoric acid) phases can be explained using the two-film theory. A
boundary layer forms at the interface of the two phases. For the reaction
to occur, the gum molecules need to cross the boundary layer into the
water phase.
This paper presents the application of CFD in the design of a stirred

batch reactor for the acid degumming process of crude palm oil (CPO)
using phosphoric acid (H3PO4), with the evolution of gum concentration
as the similarity criterion. The laboratory experiments were carried out
in a triple-neck round flask. These experiments were then scaled up to
obtain a larger scale reactor in the form of a flat-bottom stirred tank.

2. Materials and methods

The degumming experiments were carried out in a triple-neck round
vessel filled with 100 ml of the mixture, consisting of CPO as the
continuous phase and concentrated phosphoric acid solution (H3PO4 85
%) as the dispersed phase [37]. The laboratory reactor is a 1000 ml
triple-neck round vessel with the specification listed in Table 1. A flat
bottom tank of 1.250 m3 liquid volume was specified as the larger scale
reactor in this research with the specification being also listed in Table 1.
The initial content of gum in the CPO was 1.43 % w/w and the initial
volume fraction of the dispersed phase was 0.015. Agitation was

Table 1
Sizing data for laboratory and larger scale reactors.

Reactor Data Symbol Value

Laboratory reactor Flask diameter Dr 0.124 m
Liquid volume Vf 1.015 × 10− 4 m3

Liquid height Hf 0.025 m
Liquid surface diameter Df 0.099 m
Stirrer bar length Lbar 0.030 m
Stirrer bar diameter Dbar 0.006 m

Tank data
Larger scale reactor Liquid volume Vf 1.250 m3

Liquid height Hf 1.298 m
Diameter Dr 1.124 m

Impeller data
Number of blades Nb 6
Diameter Dimp 0.375 m
Blade width Wimp 0.075 m
Blade length Limp 0.094 m
Hub radius Rhub 0.234 m
Shaft diameter Dshaft 0.038 m
Baffle width Wbaffle 0.094 m
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promoted by a magnetic stirrer, and the reaction was run for 120 mi-
nutes. Oil samples were withdrawn from the reactor to be analyzed for
gum content every 15 minutes. Experiments were carried out for the
impeller speed of 200 rpm–500 rpm at 60 ◦C, and the reactor temper-
ature of 50 ◦C–80 ◦C at 350 rpm.
The momentum and mass transfer equations were numerically

simulated to reproduce the 120-min evolution of the experimental gum
concentrations. This was achieved by adjusting the values of the mass
transfer coefficient kc, the solubility coefficient Keq, and the reaction rate
coefficient krx. The model assumes that the gum concentration evolution
was in a comparatively large time scale to the fluid flow. Thus, quanti-
ties obtained from the steady-state momentum equations were used for
the unsteady-state mass transfer equations. Since a three-dimensional
model was used, the calculated spatial concentrations need to be vol-
ume averaged to suit the experimental results.
At the same temperature, stirring for the different speeds of the

impeller influences the mass transfer coefficient, while the reaction
coefficient and the solubility constant remain the same. Temperature
variation was intended to obtain the reaction rate coefficient the solu-
bility constant. One of the time-dependent curves of the gum concen-
tration from the laboratory experiments was chosen as the similarity
criterion. The chosen curve is the one with the highest degumming ef-
ficiency within the experimental range. The larger scale reactor of the
degumming process was expected to reproduce this time-dependent

curve.
The mass transfer coefficient was then transformed into the Sher-

wood number according to Equation (2)

Shd =
kcdd
DAB

(2)

In order to determine the mass transfer coefficient in the larger reactor,
an empirical Sherwood correlation for typical stirred tanks according to
Equation (3) was introduced. The correlation is the simplest form of
Sh = f(Red,Sc), derived based on the boundary layer theory [38]. This
form is also similar to the Garner and Keey [39] and Lochiel and Cal-
derbank [40] correlation, where the natural convection term is absent.

Shd= c1Redc2Scc3 (3)

The drop Reynolds number is defined as

Red=
ρc|udc|dd

μc
(4)

and the Schmidt number as

Sc=
μc

ρcDAB
(5)

The drop diameter (dd) and drop relative velocity (udc) were derived

Fig. 1. Schematics and geometrical modelling of the laboratory (a) and larger-scale (b) reactor. The symbols used in the schematics are summarized in Table 1.
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from the space-dependent variables of the CFD model. Equation (3)
depends only on physical properties and hydrodynamic parameters for
the range of the drop Reynolds number and the Schmidt number given
by the laboratory reactor. Therefore it was used to describe mass transfer
in the larger scale reactor.
The properties of each component used in the simulation were

calculated using empirical equations available in the literature [41–44].
Variations of fluid volume in the reactors due to changes in fluid
chemical composition and physical properties were neglected.
Constants in Equation (3) were determined through fitting of Equa-

tion (3) to Equation (2). Since the mass transfer coefficient, the inter-
facial area, the drop diameter, and the drop relative velocity calculated
from the CFD model are the space-dependent quantities, their values in
Equation (2) and Equation (3) were volume-averaged.
In the larger scale reactor model, the mass transfer coefficient was

calculated using Equation (3) embedded to the mass transfer equation.
The CFD and the mass transfer equations of the larger reactor were then
solved numerically to obtain a time-dependent curve of the gum con-
centration that fits to the chosen time-dependent curve of the gum
concentration of the laboratory reactor. This was achieved by adjusting
the impeller speed.

3. Modelling and simulation

Since only 100 ml of fluid fill the 1000 ml triple-neck round vessel,
the vessel was modeled as a portion of a sphere cut off by a plane, as
illustrated in Fig. 1a. The portion of the sphere was divided into rotating
and static domains. The rotating domain contains the rotating magnetic
stirrer and the vicinity fluid. The static domain contains the rest fluid.
For the larger scale reactor, the standard configuration was applied, i.e.,
a flat-bottom tank with baffles on all four sides of the tank wall (Fig. 1b).
The liquid volume was divided into static and rotating domains. The
rotating domain consists of a Rushton-type impeller with six blades and
the vicinity fluid. The static domain contains the rest fluid. Rotating
parts of the reactors were revolving in counterclockwise manner.

4. Mathematical modelling

To model the rotating fluid motion inside the reactor, the multiple
reference frames (MRF) equation was applied. Coriolis and centrifugal
forces were introduced as additional forces to the momentum equation.
The simulation was run in the stationary mode (frozen rotor) to char-
acterize mixing at steady state.
The effects of lift, virtual mass, Basset history, and turbulent

dispersion forces were negligible compared to the drag force, and thus,
were not considered in this study [45–47]. The dispersed phase was also
regarded as a number of small drops dispersed throughout the vessel by
the velocity field. On that account, interactions between drops (e.g.,
breakup-coalescence) were negligible. An algebraic slip velocity
expression can be achieved by assuming the drops were accelerated
instantaneously to their terminal velocity. These assumptions enabled
the use of a scalar relation as a substitute for an individual momentum
balance (Equation (7)), where acceleration of the drops was only
influenced by gravity and/or centrifugal force. This allows the velocities
of each phase to be solved using the mixture momentum balance. The
mixture velocity is an averaged velocity of the dispersed and continuous
phase.

u=

(

1 −
ϕdρd

ρ

)

uc +
ϕdρd

ρ ud (6)

udc=ud − uc = uslip −
ρDmd

ρ − ϕdρd
∇ϕd
ϕd

(7)

The relative velocity also accounted for fluctuations due to the path
dispersion phenomenon, driven by the concentration difference of
drops. Continuity on each phase is preserved and the sum of the two
individual continuity equation yields Equation (8). The momentum
equation is solved as a mixture written in the form of Equation (9).

(ρc − ρd)
(
∇ ⋅

[
ϕd(1 − cd)uslip − Dmd∇ϕd

])
+ ρc∇ ⋅u=0 (8)

ρ(u ⋅∇)u=∇ ⋅ [ − pI+(μ+ μT)
(

∇u+(∇u)T −
2
3
(∇ ⋅u)I

)

−
2
3

ρkI
]

− ∇ ⋅
[

ρcd(1 − cd)
(

uslip −
Dmd
1 − cd

∇ϕd
ϕd

)(

uslip −
Dmd
1 − cd

∇ϕd
ϕd

)T
]

+ ρg

+ F
(9)

At the boundary,

u=0

At the symmetry plane,

Fig. 2. Meshing for laboratory-scale reactor (a) vertical section (b) horizon-
tal section.
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∂u
∂n=0,

∂uslip
∂n = 0

Assuming viscous forces are still greater than or equal to the inertial
forces, the Hadamard-Rybczynski drag model provided in Equation (10)
was used to model the slip velocity [48].

3
4
CD
dd

ρc
⃦
⃦uslip

⃦
⃦uslip=

(ρd − ρ)
ρ

(

g+
F
ρ − (u ⋅∇)u

)

(10)

CD=
24
Ret

⎛

⎜
⎜
⎝

1+ 2
3

μc
μd

1+ μc
μd

⎞

⎟
⎟
⎠ (11)

Ret =
ρ
⃦
⃦uslip

⃦
⃦dd

μ (12)

Turbulence models are used to accommodate the instability in the
fluid flow generated by the stirrer bar/impeller rotation. Reynolds-
averaging is an acceptable approximation via the evaluation of numer-
ical problems to the accuracy of the standard k-ε model [49]. Accord-
ingly, Reynolds averaging of the convection-diffusion equations was
applied in this study. Turbulence was manifested as additional stress in
the momentum equation, which is calculated by solving two transport
equations: turbulence kinetic energy and turbulence dissipation rate.

ρ ∂k
∂t + ρu ⋅∇k=∇ ⋅

[(

μ+
μT
σk

)

∇k
]

+ Pk − ρε (13)

ρ ∂ε
∂t + ρu ⋅∇ε=∇ ⋅

[(

μ+
μT
σε

)

∇ε
]

+ Cε1
ε
k
Pk − Cε2ρ

ε2
k

(14)

At the boundary,

k=0

ε= εwall

At the symmetry plane,

∂k
∂n= 0,

∂ε
∂n = 0

The number of dispersed-phase drops was considered to be in diluted
concentration, and therefore, was kept constant throughout the mixing
process. The diameter and the specific interfacial area were calculated
using the following expressions:

dd=
(
6
π

ϕd
nd

)1/3

(15)

a=
(4πnd)1/3(3ϕd)

2/3

1 − ϕd
(16)

To evaluate Equations (15) and (16), the transport equations for the
dispersed-phase volume fraction (ϕd) and the drop number density (nd)
need to be solved. The transport of two quantities is governed by the
velocity of the dispersed phase derived from Equation (6) to Equation
(10). After several algebraic modifications, the two transport equations
are expressed as follows:

∇ ⋅
[

ϕd

(

u+(1 − cd)uslip − Dmd
∇ϕd
ϕd

)]

=0 (17)

∇ ⋅
[

nd
(

u+(1 − cd)uslip − Dmd
∇ϕd
ϕd

)]

=0 (18)

At the boundary,

u=0

At the symmetry plane,

∂ϕd
∂n = 0,

∂nd
∂n = 0

The Neumann ‘do-nothing’ boundary condition was applied to the
fluxes of velocity on both phases, number density, and dispersed volume
fraction to depict the absence of transport beyond the wall. Conditions
near the wall are influenced by the boundary layer phenomenon. Wall
functions of the k-ε turbulence model were calculated analytically
(logarithmic law) prior to the wall lift-off distance so that its meshing

Fig. 3. Meshing for large-scale reactor (a) vertical section (b) horizon-
tal section.

Table 2
Grid distributions of the laboratory and larger scale
reactors.

Grid Number of Elements

Laboratory reactor
1 73,629
2 152,436
3 369,183
Larger scale reactor
1 62,847
2 138,112
3 328,227

A. Kurniawan et al.
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Fig. 4. Grid dependence of the drop Reynolds number in the laboratory reactor (a) and larger scale reactor (b and c).
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grid can be stretched. The viscos and turbulent stresses of this area are a
function of the tangential velocity. The turbulent kinetic energy does not
change in areas near the wall, and the turbulent dissipation rate is
calculated using the von Karman wall function. The interior wall
boundary condition was applied on the boundary between the internal
parts, which have infinitesimal thickness in order to reduce the grid
density. This internal wall boundary equation is identical to the normal
wall, with additional upwind and downwind terms to accommodate
discontinuity of the infinitesimal thickness. The condition applied to the
impellers is the rotating wall boundary condition, which comprises of
the same wall functions but with the relative velocity as the rotating
domain velocity.
The degumming reaction was considered as irreversible and second

order in relation to the gum and phosphoric acid concentrations. Two
mass balances representing gum transport from the oil phase to the
aqueous phase and one phosphate balance were constructed accord-
ingly. The boundary layer mass transfer and reaction rates were incor-
porated in the equations as the consumption/production term.
Concentrations was assumed in a comparatively large time scale to the
fluid flow, where the flow should have achieved steady-state early in the

evolution. Thus, variables obtained from the steady-state momentum
equations were used for this time dependent study.
The mass balances of gum in the oil phase and the aqueous phase are

described by Equation (19) and Equation (20). The mass balance of
phosphate in the aqueous phase is described by Equation (21). In each
mass balance, the distribution of gum and phosphate molecules in each
bulk fluid occurs by convection.

∂c(o)gum
∂t +(uc ⋅∇)c(o)gum= − kca

(
Keqc(o)gum − c(w)gum

)
(19)

∂c(w)gum
∂t +(ud ⋅∇)c(w)gum= kca

(
Keqc(o)gum − c(w)gum

)(1 − ϕd
ϕd

)

− krxc(w)gumcph (20)

∂cph
∂t +(ud ⋅∇)cph= − krxc(w)gumcph (21)

krx=A exp
(
− Ea
RT

)

(22)

Fig. 5. Flow pattern with drop Reynolds number (a) and volume fraction (b)
distribution of the laboratory-scale reactor at 500 rpm and 60 ◦C. Higher value
are represented with increasing color wavelength. The arrows represent the
flow pattern in three dimensions. (For interpretation of the references to color
in this figure legend, the reader is referred to the Web version of this article.)

Fig. 6. Gum concentration of experiments (symbols) and simulations (lines) at
the impeller speed (a) and temperature (b) variation.

Table 3
Results of concentration fitting.

Speed [rpm] Temperature [◦C] kc [109 m/s] krx [103 ml/(g.min)] Keq

200 60 4.529 0.0041 54.98
300 60 3.369 0.0041 54.98
400 60 3.092 0.0041 54.98
500 60 2.908 0.0041 54.98
350 50 1.282 0.0027 54.88
350 60 2.031 0.0041 54.98
350 70 2.995 0.0061 55.35
350 80 5.066 0.0092 58.31

A. Kurniawan et al.
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At t= 0, c(o)gum = 1.43 %w/w of continuous phase, c(w)gum = 0,and cph =
85 % of dispersed phase.
The model was solved using COMSOL Multiphysics. Momentum

equations were available in the built-in Rotating-Machinery Mixture
Model module. The dependent variables were solved in a segregated
group for the velocity and pressure, turbulence variables, and volume
fraction, each using the PARDISO solver. The local residual that mea-
sures the error at each point within the domain is used as an indicator of
convergences. For the larger reactor, several simulations were run with
different impeller speeds to achieve the target profile.
In this study, the grid size (meshing) was chosen based on the

required calculation accuracy and the available RAM capacity. Adjust-
ments to the meshing were made if the iteration results showed errors or
failed to converge. For a laboratory-scale reactor, standard grid settings
were used with grid sizes ranging from 1.97 × 10− 4 m–0.0033 m.
Meshing for the laboratory-scale reactor is shown in Fig. 2.
For a large-scale reactor, a User Controlled Grid was implemented,

with grid sizes ranging from 0.0225 m to 0.146 m. Fig. 3 depicts the
meshing for the large-scale reactor. Selecting the optimal grid size for a
large-scale reactor is challenging due to its intricate geometry, which
leads to complex flow patterns. An appropriate grid size is crucial for
obtaining accurate and convergent simulation results.

5. Results and discussion

All governing equations were numerically solved and the calculated
quantities were reported in color scales and streamlines.

5.1. Grid independence

The grid sensitivity study was performed on both reactors using three
different sizes of 3-D grid. They consist of free tetrahedral sequence
distributed using Delaunay tesselation. The different maximum and
minimum sizes of elements were specified in the static and rotating
domains, resulting in the total number of elements given in Table 2.
Fig. 4 shows the drop Reynolds number distribution along red hor-

izontal lines in the laboratory and larger scale reactors. The drop Rey-
nolds number was shown to be grid dependent up to about 152,436
domain elements in the laboratory reactor and 138,112 domain ele-
ments in the larger reactor. For the laboratory reactor, the relative error
of the drop Reynolds numbers calculated with Grid 1 to those with Grid
2 (denser grid) were 0.16%–1.26 %, and calculated with Grid 2 to those
with Grid 3 (denser grid) were 0.13%–1.17 %. For the larger scale

reactor, the error of the drop Reynolds numbers calculated with Grid 1
relative to Grid 2 is 7.90%–8.47 %, and calculated with Grid 2 relative to
Grid 3 is 4.52–4.82 %. A similar trend also occurred in the velocity
magnitude and dispersed fraction. In order to save calculation time, Grid
2 was then used in simulations of the laboratory reactor and the larger
reactor.

5.2. Laboratory reactor simulation

Fig. 5 shows the flow patterns in the laboratory reactor resulting
from the simulations. The maximum velocity of the liquid mixture oc-
curs near the stirrer bar tip, as indicated by the intensity of arrows in
Fig. 5a. The increase in velocity in front of the stirrer bar tip indicates
that the fluid body is accelerated by the impact with the stirrer bar,
while the increase behind the stirrer bar tip occurs due to the void
created by the rotating motion. This void is associated with a low-
pressure zone so that the fluid flows into the void [50]. These trailing
vortices promote dispersion of drops in areas behind the impeller tip,
resulting in a sparser distribution of drops, as shown in Fig. 5b.
Although having a similar order to the drop Reynolds number,

increased turbulence in front of the tip behaves differently. The
dispersed phase is more concentrated on the tip of the impeller due to
the momentum generated by the stirrer bar motion. The momentum is
dissipated away from the rotation zone along with the turbulence in-
tensity, therefore producing a lower order of turbulence in zones near
the wall.
The flow pattern also indicates that solid body vortices are formed.

These vortices revolve along the direction of the stirrer bar rotation.
Around the tip of the impeller, smaller vortices were also observed due
to the movement of the impeller. Unlike trailing vortices, solid body
vortices do not promote dispersion since the dimension of these vortices
are much larger. The dispersed phase only follows the flow pattern
without dispersing effectively. Formation of these vortices can be miti-
gated by incorporating baffles inside the reactor [48]. A similar trend of
velocity distribution, flow pattern, and turbulence intensity was
perceived in other operating conditions, but with different magnitudes.
This infers that hydrodynamic parameters from the simulation are more
influenced by the geometrical configuration of the reactor.
Fig. 6 shows the 120-min evolution of the experimental and calcu-

lated gum concentrations. In the laboratory reactor. Fig. 6a is for the
variation of the impeller speed at 60 ◦C, and Fig. 6b is for the variation in
temperature at 350 rpm. The simulation curves are the best fitting re-
sults to the experimental ones at different impeller speeds and temper-
atures. During the fitting process, the mass transfer coefficient kc, the
solubility constant Keq, and the reaction rate coefficient krx were
adjusted. The values of those parameters providing the best fitting are
depicted in Table 3. The data processing in the form of the relationship
between the reaction rate coefficient and the temperature provides the
values of the Arrhenius parameters. The values obtained are 4507.7 ml/
(g⋅min) for the pre-exponential factor and 38.503 J/(mol⋅K) for the
activation energy.

5.3. Correlation for mass transfer coefficient

Multilinear regression was applied to develop a correlation for the
mass transfer coefficient according to Equation (3). The Sherwood
number is the dependent variable in the correlation while the drop
Reynolds number and the Schmidt number are the independent vari-
ables. A data set consisting of the values of temperature, impeller speed,
and mass transfer coefficient as shown in Table 3 were used as the
regression data. The resulted c1, c2, and c3 are 0.0044, 0.573, and 0.464,
respectively. Equation (3) is then written in the form of Equation (23).
The coefficient of determination (R2) giving these values is 0.963, which
shows a strong correlation between the modeled Sherwood number and
the empirical Sherwood number, as shown in Fig. 7. The exponent of the

Fig. 7. Comparison between the Sherwood numbers data and the Sherwood
numbers model.
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drop Reynolds number is higher than that of the Schmidt number in
Equation (23). This indicates that the Reynolds number has a stronger
influence on the Sherwood number than the Schmidt number. There-
fore, the mass transfer coefficient dependence on mixing intensity is
higher than on temperature.

Shd =0.0044 Re0.573d Sc0.464 (23)

As shown in Fig. 6a, the best degumming efficiency within the
experimental range is at 500 rpm and 60 ◦C, at which the gum con-
centration has approached equilibrium at the end of the operation.

Fig. 8. Flow pattern and dispersed-phase volume fraction distribution for the larger reactor at 40 rpm (a), 75 rpm (b), 93 rpm (c), 141 rpm (d), and 500 rpm (e).
Higher value are represented with increasing color wavelength. The streamlines represent the projected flow pattern in the yz-plane in the middle of the reactor. (For
interpretation of the references to color in this figure legend, the reader is referred to the Web version of this article.)

A. Kurniawan et al.



Results in Engineering 23 (2024) 102588

10

Therefore, the curve at this condition was chosen as the similarity
criterion.

5.4. Larger scale reactor simulation

As is the case in the laboratory reactor, the fluid flow was more
intensive near the impeller, as indicated by the streamlines. The velocity
profiles observed from the horizontal slice are also similar to the labo-
ratory reactor with the same effect of trailing vortices along the six
blades of the Rushton turbine.
A radial flow pattern was formed in the larger reactor by the action of

the radial-type impeller (Fig. 8). Approaching the wall, the flow was
diverted in the axial direction by the baffle. It was then fed back into the
impeller region. This circulation pattern in the lowest impeller speed
was more complex vertically as gravity plays a more significant role in
the larger reactor. The pattern becomes more consistent along with the
increase of impeller speed. It is caused by the decreasing influence of the
graviational force to the droplets as it is shown by the Froude number. A
minimum speed of 141 rpm is needed to fully overcome the influence of
gravitational force.
The wall jet effect was discovered, especially on high impeller speed

(500 rpm), where inertial forces surpassed gravitational forces by more
than two-fold. The presence of baffles promotes vertical circulation in-
side the tank in the form of an internal annular jet [51]. Radial impellers
cause significant momentum loss during collision with the wall.
Consequently, combined with the immense effect of gravitational forces,
the wall jet effect on lower impeller speeds was less pronounced.
The distribution of the dispersed-phase volume fraction in Fig. 8

represents the quality of dispersion inside the reactor. At a lower
impeller speed (40 rpm), separation occurs, in which the dispersed
phase is clustered at the bottom of the reactor, where around 9–20 % of
the space was filled with the dispersed phase. This phenomenon is also
caused by the dominance of the gravitational forces working on the
heavier dispersed phase over the inertial force generated by impeller
rotation. This trait is a consequence of the distinct geometry between the
two reactors.
Coalescence may occur in the concentrated zones. Accommodation

of interactions between drops should be considered in the model. A
compartmentalization approach to preserve the computational resource,
as done by Bashiri et al. [21] may be used to segregate these zones that
require a more representative model.
At 75 rpm, the maximum local dispersed phase fraction drops to

around 17 %. Leng and Calabrese [52] classified the dispersed fraction
on the range of 1–20 % as moderately concentrated systems. Ideal dilute
dispersion theories may still apply if this system of CPO and phosphoric
acid can be described as a noncoalescing system.

It is inferred that there is a minimum impeller speed required to
balance the gravitational force, thus improving the distribution of the
dispersed phase. Skelland and Seksaria [53] developed a minimum
Froude number correlation regarding this phenomenon on liquid-liquid
mixing. According to this correlation, the minimum Froude number
required for this geometry is 0.44, although this correlation was
developed for dispersed phase concentration of around 50 %. Evidently,
the accumulation starts to distribute more evenly at a lower Froude
number of 0.092 (93 rpm).
On the gum concentration evolution, the gum concentrations have

not reached equilibrium after 120 seconds except for 500 rpm as shown
in Fig. 9. However, mechanical stability may be an issue at 500 rpm. The
mass transfer coefficient becomes larger with increasing impeller speed
because the averaged drop diameter becomes smaller at higher impeller
speeds and creates a larger specific interfacial area. Moreover, turbu-
lence becomes more prominent, thereby increasing its mass transfer
coefficient. Due to the small amount of gum in the oil, the relatively high
reaction rate coefficient, and the temperature being kept constant, the
overall gum consumption is highly affected by mass transfer. Therefore,
increasing the impeller speed results in faster gum consumption.
The curve with the evolution closest to the similarity criterion is the

one in which the processs were stirred with the impeller rotation speed
of 93 rpm and 141 rpm. This curve is the dotted black one in Fig. 9.
Therefore, in order to reproduce the best degumming efficiency ob-
tained in the laboratory reactor in the larger reactor or better, the
impeller speed in the larger scale reactor should be the same as giving
the dotted black curve or higher, provided the mechanical stability of
rotation is maintained.
Nevertheless, the effect of disparity in flow pattern between the

laboratory reactor and the larger scale reactor to the mass transfer needs
to be investigated. This can be performed through validation, i.e., by
comparing the simulation results with the experimental ones of the
larger reactor proposed in this work. In addition, the impact of a more
pronounced gravitational effect is required to be taken into account.
This may affect the mechanism of mass transfer, where applicability of
Equation (23) as an empirical correlation is a subject of further inves-
tigation. A semi-theoretical correlation for the mass transfer coefficient
is a recommended approach since it depends directly on physical
(diffusivity) and hydrodynamical (relative velocity or turbulent dissi-
pation rate) properties.

6. Conclusions

In conclusion, the proposed systematic approach effectively designs
a stirred batch reactor for degumming CPO. The use of CFD with the
Mixture model and the k-ε turbulence model, along with mass balances,
provides a reliable method for characterizing mass transfer in both
laboratory and larger scale reactors. The larger flat-bottom stirred tank
reactor successfully reproduces the gum concentration evolution
observed in the laboratory triple-neck round vessel, achieving optimal
efficiency at speeds between 93 rpm and 141 rpm. However, the sig-
nificant hydrodynamic differences between the two reactor geometries,
such as the gravity effect, should be carefully considered during the
scale-up process to ensure accurate replication of results.

Symbols used

A [m3/(kg.s)] pre-exponential factor
a [m− 1] specific interfacial area
Boz [m] baffle clearance
C [m] impeller bottom clearance
c(o)gum [kg/m3] gum concentration in the oil phase

c(w)gum [kg/m3] gum concentration in the water phase

cph [kg/m3] phosphate concentration
Cd [− ] drag force coefficient

(continued on next page)

Fig. 9. Gum concentrations for various impeller speeds of the larger
scale reactor.
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(continued )

Cμ [− ] turbulence model constant
DAB [m2/s] diffusivity coefficient
Ea [J/(mol.K)] activation energy
Dimp [m] impeller diameter
Dmd [m2/s] turbulence dispersion coefficient
Dr [m] reactor diameter
dd [m] drop diameter
F [N/m2] total force flux
g [m/s2] gravity acceleration
I [− ] identity matrix
Keq [− ] solubility coefficient
k [m2/s2] turbulence kinetic energy
kc [m/s] total mass transfer coefficient
kca [1/s] Volumetric mass transfer coefficient
krx [m3/(kg.s)] reaction rate constant
N [1/s] impeller speed
nd [1/m3] drop number density
p [Pa] pressure
Pk [W/m3] turbulent kinetic energy source term
Red [− ] drop Reynolds number
Sc [− ] Schmidt number
Shd [− ] Sherwood number
T [K] reacting temperature
u [m/s] mixture velocity
uc [m/s] continuous phase velocity
ud [m/s] dispersed phase velocity
udc [m/s] drop relative velocity
uslip [m/s] slip velocity
ε [m2/s3] turbulence dissipation rate
ϕd [− ] dispersed-phase volume fraction
μ [kg m/s] mixture viscosity
μc [kg m/s] continuous phase viscosity
μd [kg m/s] dispersed phase viscosity
μT [kg m/s] turbulent viscosity
ρ [kg/m3] mixture density
ρc [kg/m3] continuous phase density
ρd [kg/m3] dispersed phase density
σk [N/m2] turbulence model constant
σε [N/m2] turbulence model constant
σε2 [N/m2] turbulence model constant
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